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Abstract:

Seasonal storage of renewable electricity requires chemical carriers that are compatible with existing gas
networks. The methanol-to-methane thermochemical cycle meets this requirement, but its methanation stage,
which is exothermic, prone to hotspots and has a net heat demand, constitutes the unresolved bottleneck for
industrial deployment. This work presents a one-dimensional pseudo-homogeneous piston-flow model fora
fixed-bed methanation reactor comprising three adiabatic stages, with Langmuir-Hinshelwood-Hougen-
Watson kinetics based on Ni catalysts, interstage steam generation and pinch analysis, varying the spatial
time 1, across industrial ranges. CO conversion increases from 83.1% to 93.1% as 7, increases, whilst the
maximum temperature drops from 541°C (nine degrees below the sintering threshold) to a stable plateau of
493°C, redistributing the axial heat release from a concentrated hotspot to a spatially extended profile better
suited to thermal integration. The third stage of the reactor accounts for over 60% of the total reaction enthalpy
and governs steam generation capacity. The value of 7, =200 kgcat-s-mol™" Hz strikes a balanced compromise
among conversion, catalytic integrity and energy integration. Dynamic operation under variable renewable
input constitutes the decisive open challenge for grid-scale deployment.
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1. Introduction

The decarbonization of industrial energy use and power systems with shares of variable renewable electricity
requires energy carriers that can complement direct electrification through large-scale storage, transportability,
and compatibility with existing infrastructure [1,2]. Within this context, synthetic natural gas (SNG) occupies a
distinctive position because methane can be stored and distributed through the established natural-gas
network [3], while gas storage and power-conversion technologies based on natural gas are already
commercially mature [4]. For this reason, methanation-based routes are increasingly viewed as a bridge
between fluctuating renewable power [5], chemical energy storage [6], and the progressive decarbonisation of
sectors that remain structurally dependent on gaseous fuels [7].

That rationale becomes even more compelling when methane is produced not only from captured CO2 and
electrolytic hydrogen, but also from renewable synthesis gas streams already rich in CO and H2 [8]. Such
syngas can be generated from biomass gasification [9], from the co-electrolysis of CO2 and H20 [10], or from
other renewable synthesis schemes in which the H2/CO ratio is adjusted upstream of methanation to meet
downstream conversion targets [11]. Renewable syngas methanation addresses feedstocks in which carbon
is distributed between CO and CO2, hydrogen availability is composition-dependent, and upstream
conditioning strongly influences both reactor feasibility and carbon utilisation [12].

From a reaction standpoint, three cases must therefore be clearly distinguished. CO methanation, which refers
to the direct hydrogenation of CO-rich mixtures, has historically underpinned SNG production from synthesis
gas [13]. CO2 methanation is the Sabatier route based on CO2/H2 feeds and dominates a large fraction of the
current Power-to-Gas literature [14]. Methane formation proceeds in a reactive environment where CO
conversion, CO2 redistribution, and water-gas-shift-related effects can all influence the local driving force and
product composition [15]. In a CO-rich renewable syngas service, the process must therefore balance strong
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exothermicity [16], equilibrium limitations at elevated temperature and hot-spot formation [17] and the catalyst
risks of sintering or poisoning [18]. Industrial and preindustrial SNG concepts have mainly evolved along two
broad lines: multistage adiabatic fixed-bed trains with interstage cooling and alternative reactor concepts with
enhanced heat removal and fluidised beds have been developed to mitigate temperature peaks and expand
the operability window [19]. Multibed adiabatic fixed beds are sustained by their practical simplicity, scalability,
and industrial familiarity [20], but it also means that conversion, thermal management, and catalyst utilisation
are inseparable from the design of interstage cooling [21]. When intermediate cooling is implemented using
steam raisers, it enables the recovery of reaction heat as useful steam, thereby improving heat management
[22]. This point is important for renewable syngas schemes because variations in feed composition and
methane specification propagate directly into stage inlet temperatures, cooling duties, and the amount of
recoverable thermal energy.

These interactions simultaneously involve kinetics, equilibrium, transport phenomena, and energy integration.
Overall, modelling is crucial for reducing the design space before pilot validation. Comparative reactor-
modelling studies have shown that a one-dimensional pseudo-homogeneous representation can already
provide predictions of conversionand maximum temperature forpreliminary design purposes [23], even though
more detailed heterogeneous or multidimensional descriptions become necessary when pellet-scale transport,
external heat transfer, or highly structured geometries govern the response [24]. For multistage adiabatic fixed -
bed methanation, this compromise is valuable because key questions concern stage-wise temperature rise,
sensitivity to feed composition, catalyst allocation, and exchanger duty rather than a full resolution of radial
gradients at every axial coordinate [25]. Most of the recent reactor works are centred on CO2 methanation [26],
while syngas-oriented studies often focus on catalyst comparison [27], single-reactor behaviour [28], or
broader flowsheet demonstrations without fully resolving the coupled effects of CO methanation, WGS -related
chemistry, and heat recovery in staged adiabatic operation.

Against this background, a specific research gap emerges between the maturity of general methanation
knowledge and the needs of the renewable syngas-to-SNG process design. Although the literature provides
robust foundations in methanation chemistry, classical industrial configurations, and reactor modelling,
comparatively few studies examine CO-rich renewable syngas in multistage adiabatic fixed-bed reactors
through a framework that is at once composition-sensitive, reactor-design oriented, and explicit about thermal
integration via steam generation. This omission matters because a reactor train that appears satisfactory in
terms of carbon conversion may still be thermally suboptimal or operationally misleading once stage
temperature constraints and interstage steam recovery are considered together. The present work addresses
this gap by developing a one-dimensional model for the catalytic methanation of CO-rich renewable syngas in
three adiabatic fixed-bed reactors in series, including at least CO methanation and WGS, with interstage
cooling through steam raisers and an explicit emphasis on both reactor behaviour and thermal integration.
This work seeks to clarify how syngas composition controls thermal response, equilibrium approach, and stage
utilisation, and to provide a rigorous basis for simulation, sensitivity analysis, and preliminary optimisation of
SNG production from renewable synthesis gas.

2. High temperature CO methanation

High-temperature CO methanation refers to the operating range between 450 °C and 700 °C [29], thus differing
from the low-temperature regime (<400 °C) where thermodynamics favour high conversion rates [26], but the
intrinsic kinetics are insufficient without particularly active catalysts. In the context of synthetic natural gas
(SNG) production from renewable CO, derived from biomass gasification, CO2 electrolysis (reverse water-gas
shift, RWGS) or direct air capture (DAC) processes, the high-temperature regime is particularly significant
because the synthesis gas obtained in these processes typically emerges at temperatures between 500 °C
and 900 °C [30], allowing for direct thermal integration with the methanation reactor without the need for prior
cooling, thereby improving the overall energy balance of the process [31]. The central reaction is the same as
in the low-temperature regime and is shown in Eq. 1:
CO +3H, » CH, + H,0 AHj5g = —206.2 k] mol™* (1)

using the coupled WGS reaction (Eq. 2):
€O + H,0 - CO, + H, AHS0g = —41.2 k] mol ™! )

Managing reaction heat becomes the primary challenge [32], as at high temperatures the heat generated per
mole of CO converted is slightly lower due to the variation in AH,., (T) with temperature, but the risk of localised
overheating on the catalytic bed is increased due to the higher reaction rate [33], which releases heat in a
more concentrated manner in the reactor inlet zone. At 500 °C, this equation implies an equilibrium favouring
the products at moderate pressures. However, at 650 °C (InkK,,, < 1), the maximum achievable conversion
at 1 bar falls below 40-50% for stoichiometric mixtures [34]. This behaviour, therefore, necessitates that
operation in the high-temperature regime must be carried out at high pressures (>10 bar) to thermodynamically



compensate forthe unfavourable effect of temperature [35], or else implement series reactor configurations
with intermediate cooling that maintain the local temperature within a kinetic-thermodynamic compromise
window. The effect of pressure is particularly pronounced in the 500-700 °C range, industrial methanation
processes typically operate between 20 and 60 bar when the aim is to maximise conversionin a single stage
[36]. Furthermore, an excess of H2 relative to stoichiometry (H2/CO ratio between 3.5 and 5) shifts the
equilibrium towards the products and simultaneously reduces the tendency for carbon deposition [37].

2.1. Catalysts for renewable CO methanation

Renewable CO derived from biomass gasification or RWGS processes has compositional characteristics that
influence catalyst selection differently from fossil-derived synthesis gas. In particular, (i) the H2S content may
be lower than that of coal gases but is still significant (1-50 ppm) for solid waste gasification gases [38]; (ii)
the presence of traces of chlorinated or alkaline compounds from the biomass may interact with the catalytic
support [39]; and (iii) the intrinsic compositional variability of renewable sources requires catalysts with greater
tolerance to H2/CO ratio transients [40]. At high temperatures, additional requirements for the catalyst include
thermal stability of the active phase and support, resistance to metal sintering (critical >600 °C) and the ability
to operate in start-stop cycles without irreversible loss of activity [34], an operational requirement specific to
Power-to-Gas systems coupled with intermittent renewable energy sources.

2.1.1. Ni-based catalytic systems

Ni supported on Al203, MgAI204, or mixed supports remains the industry standard for high-temperature CO
methanation [41], for the reasons of cost and availability already discussed. At high temperatures, the stability
of the support against phase transformation is critical, as y-Al2O3 undergoes progressive phase transitions
above 800—900 °C in the presence of water vapour, leading to a collapse in BET surface area and a loss of
metal dispersion [42]. The addition of stabilisers such as La203, CeO2 or MgO inhibits these transformations
and maintains Ni dispersion at high operating temperatures [43]. The optimal Ni loading for high-temperature
CO methanation lies in the range of 15-30 wt% NiO relative to the support [44], a value higher than that
typically used in methane reforming, but justified by the need to maintain sufficient active site density when
sintering progressively reduces dispersion during high-temperature operation. Catalyst reduction must be
carried out at a sufficiently high temperature (> 500 °C in Hz2) to ensure the complete reduction of NiO to Ni°, a
condition that is met in situ at high operating temperatures if the feed contains excess H2 [45].

2.1.2. Modified promoters and supports

Doping with alkaline earth metals (Mg, Ca) improves the surface basicity of the catalyst [46], thereby reducing
the dissociative adsorption of CO and the tendency for carbon deposition in the high-temperature regime,
where the Boudouard reaction is kinetically accessible. Hu et al. [47] reported that the addition of 2-4 wt% MgO
to Ni/Al203 significantly reduced the formation of carbon deposits at temperatures above 500 °C, whilst
maintaining CH, selectivities above 95% with simulated renewable CO. The incorporation of CeO2 as a
promoter or support component has a dual effect in the proposed approach. On the one hand, it improves
metal dispersion through Ce-Ni interaction, which stabilises small particles [48]; on the other hand, the
Ce**/Ce3* redox pair provides the capacity to store and mobilise surface oxygen, which facilitates the oxidation
of carbonaceous intermediates and reduces the accumulation of C* on the active surface [49]. This mechanism
is relevant when renewable CO comes from sources with stoichiometric variability, given that during periods
of low H2/CO ratio, CeOz2 can act as an additional oxygen reservoir to gasify the deposited carbon. Structured
supports, such as SiC foams or cordierite monoliths coated with an Al2O3—Ni washcoat, have been proposed
as an alternative to the conventional fixed bed [50]. The higher thermal conductivity of SiC allows for a more

uniform temperature distribution, limiting local hot spots and extending the catalyst’s useful life.

Table 1. Catalytic systems reported for the methanation of CO at high temperatures (> 450 °C) using renewable
or biomass-derived CO

Metal Support Promoters T (°C) P (bar) Xco Scu, Reference
Ni MgAI204 — 500-575 3-15 n.d. n.d. [51]
Ni Al203 MgO (2—4%) 400-550 30 ~100% 96.5% [52]
Ni Al203—CeO2 Ce (5-15%) 450-650 10-30 > 90% >93% [49]
Ni—-Ru Al203 Ru (0.5-2%) 400-600 5-20 > 95% >97%  [53]
Ni SiC (foam) — 500-700 20-50 > 85% >90%  [54]
Ni Al203—La203 La (3-8%) 500650 10-30 > 92% >95%  [53]

3. Methodology

The proposed process diagram (Figure 1) follows the architecture of the TREMP (Topsoe Recycle Energy -
efficient Methanation Process) [55], in which three adiabatic reactors in series, with interstage recycling and
high-pressure steam generation, constitute the industry-standard configuration for producing synthetic natural



gas from syngas. The syngas feed (H2:CO = 2:1) is regulated in terms of flow rate and pressure by valve CV-
101 and preheated in E-101 to the Ni catalyst activation temperature before entering the first fixed-bed
adiabatic reactor, R-101. A fraction of the hot effluent from R-101 is recirculated via heat exchanger E-104 and
its associated compressor to the inlet of the process train: this dilution reduces the concentration of fresh
reactants and controls the adiabatic temperature rise in the first stage, where the higher kinetic load and high
CO concentration increase the risk of exceeding the catalyst sintering threshold (~550°C).
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Figure 1. Process flow diagram of the high-temperature CO methanation system with three adiabatic fixed-
bed reactors in series and interstage steam generators.

The effluent from R-101, which is still at a high temperature, is cooled in E-102 by generating saturated steam
at 100 bar before entering R-102. This strategy recovers the reaction heat rather than dissipating it through a
conventional heat exchanger, allowing up to 85% of the released reaction heat to be recovered as high-
pressure steam. Between R-102 and R-103, steam is generated at 40 bar in E-103, and at the outlet of R-103,
steam at 10 bar is produced in E-105. The decreasing vapour pressure along the process train is a direct
consequence of the progressively lower temperature of the reactor effluents as the conversion progresses
towards equilibrium. The product stream at the outlet of R-103, with an H20:CH4 ratio of ~1:1, requires a
condensation and water-separation stage to meet the specification for a substitute natural gas suitable for
injection into the grid.

3.1. System modelling

The proposed reaction system is modelled using a one-dimensional pseudo-homogeneous piston-flow reactor
(PFR) for a catalytic fixed-bed reactor operated under steady-state conditions. In this approach, the gas and
solid phases are treated as an effective continuum, and axial dispersion of mass and heat is neglected. The
independent variable is the catalyst mass W [kg_,], which allows the problem to be formulated independently
of the reactor's geometric length. The state vector is defined as y = [Fqo,Fy,, Fop, Fau, O,FCOZ,T,P]T,
where F; [mol s~%] is the molar flux of the species i, T [K] is the temperature of the gas and P [Pa] is the total
pressure. The differential molar balance for each species with respect to W is written as Eq. 4:

dF,
m= Zvj-rj i € {CO,H,,CH,, H,0,C0,} (4)

j=1

where vj; is the stoichiometric coefficient of the species i in the reaction j, positive for products and negative

for reagents, and r; [mol kg4 s~ is the net reaction rate j relating to the catalyst mass relating to the catalyst

mass. For an adiabatic bed, the differential energy balance is expressed as Eq. 5:

2
ar - 2,1 AH D )
aw Cp tot (T)

where AH, ;(T) [J mol~!] is the reaction enthalpy of the reaction j at the local temperature and Cprot(M) [

s~1 K™1]is the total extensive heat capacity of the gas Cp o (M) = 2 F, Cp,:(T). The pressure drop is calculated
using Ergun’s equation for flow in packed beds (Eq. 6):
dP 150 py(1—&,)° 1.75 p, (1 — &)
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where u, [Pa s] is the dynamic viscosity of the gas, ¢, is the void fraction of the bed, d,, [m] is the particle

diameter, u [m s~%] is the surface velocity (Eq. 7) and py kg m~3] is the density of the gas. Under ideal gas
behaviour:

FocRT
= 7
o @)

where A, [m?] is the cross-section of the reactor.

3.2. Reaction kinetics

The basic kinetic model adopted is that of Xu and Froment [56], formulated as a reversible Langmuir-
Hinshelwood-Hougen-Watson model, applied consistently to both the methanation and WGS processes. The
net reaction rates are expressed as Eq. 8-9:

PCHQPHZO
PCOPI?IZ_

. ki (T) Keq,1 (T) (8)
1= PI§2.5 DENZ
Pog Py g — 2C02TH
. ko (T) 29 Ko o(T) 9)
27 Py, DEN?2
with the standard adsorption coefficient given by Eq. 10:
PH (]
DEN =1 +K¢o (T)Peo + Ky, (T)Py, + Ky, (T)Fcp, + Kiy o (T) Pz (10)
Hy

The values of the kinetic parameters are shown in Table A1. The equilibrium constants are calculated
thermodynamically from the standard free energy of reaction (Eq. 11):

AGy ;(T)
K1) = exp (-2 (11)

with AGy ;(T) derived from JANAF/NIST data [57]. This formulation avoids inconsistencies between the kinetic
and thermodynamic blocks.

3.3. Thermal integration

The process is configured using three adiabatic beds in series, separated by steam-generating heat
exchangers. The fresh feed is distributed between stages via a vector s = [s,,s,, s3] such that X, s, = 1. The
flow entering the stage k is defined as F, fmh = [skFzo0,00 SkFi,,00 0,0, 0], and is added to the cooled effluent
from the previous stage before entering the next reactor. After each reactor, the process gas is cooled in a
saturated steam generator. The target outlet temperature of the hot gas T is set as

target
w (k') ) + AT,,, where AT,,,is a design parameter for the approach temperature. The heat

T =
extracted in the heat exchanger k is given by the expression defined for Q,, and the LMTD for an evaporator

target sat( Steam
with an approximately isothermal cold side at T,,, is shown in Eq. 12:
W (k)) (T V) W
hot in_ sat target sat

LMTD,, = 70 ®
[ hot,in sat (1 2)
target sat

The required area is obtained from the standard design equation A4, = Q,/U-LMTD, where U [W m~2 K™ 1] is
the overall heat transfer coefficient. The mass flow rate of the steam generated is calculated using the energy
balance on the cold side, described in Eq. 13:

. (1) Qp

Mgoam = (k) [@) (13)
pL sat TBFW) + Ahvav

where c . [J kg™t K™1] is the heat capacity of liquid water, Tz, [K] is the temperature of the feed water
and AR ” [J kg™'] is the latent heat of vaporisation at the pressure of the vapour produced. Table 2

va
summarlges the input parameters and operating conditions used in the simulation of the three-stage adiabatic
methanation reactor. The process operates at 30 bars with a fresh feed inlet temperature of 330 °C,
representative of industrial high-temperature methanation units. The catalyst mass is distributed across the
three adiabatic stages in a 50/25/25% split, with a base-case spatial time of t,, = 200 kgcat-s-mol™ H2. Bed
hydrodynamics are described using the Ergun equation with the geometric and physical properties listed in

Table 2.



Table 2. Operating conditions and input parameters for the proposed three-stage adiabatic methanation

simulation
Parameter Value
Inlet temperature 330 °C
Total operating pressure 30 bar

Molar flow rate of CO (fresh) 100 mol/s
Molar flow rate of H, (fresh) 200 mol/s
Catalyst fraction per stage 50/25/25%

Spatial time (base case) Tyw = 200 kgcat's-mol™ Hz
Reactor diameter 3.0m

Bed porosity 0.40

Catalyst density 1 200 kg/m3

Pellet diameter 5 mm

Dynamic viscosity of the gas 2.5x10% Pas

4. Results and discussion

Figure 2 illustrates the axial trend in CO conversion (AX.,) through the three-stage adiabatic fixed-bed
methanation reactor for T, = 200 kgcat-s-mol™ Hz, with a total cumulative length of approximately 12 m. In the
first stage (04 m), AX,, It starts from an initial value of 66%, resulting from a mixture of syngas with recycled
product or from prior partial conversion during methanol decomposition [58], and it then rises sharply to values
close to 92-93%. High inlet temperature favours the reaction rate, although the adiabatic temperature increase
towards the interior of the bed shifts the thermodynamic equilibrium towards the reactants, limiting the
maximum achievable conversion at each stage. In the second stage (4-7.5 m), AX., begins at ~40%,
reflecting interstage cooling and the injection of fresh syngas, and then rises more gradually, showing a
progressive approach to equilibrium at lower temperatures. In the third stage (7.5-12 m), CO conversion
begins again at around 60% and reaches approximately 88—90% at the end of the reactor (less than 2%
deviation compared to [54]), with a downward-sloping profile that demonstrates the kinetic inhibition exerted
by the cumulatively generated water vapour and the proximity to thermodynamic equilibrium at moderate
temperatures. This staged design with intermediate cooling is essential to resolve the trade-off between
reaction rate and equilibrium conversion, overcoming the thermodynamic limitation that would otherwise
prevent high conversions from being achieved in a single adiabatic reactor.
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Figure 2. Axial profiles of CO conversion and methane production rate along the cumulative length of the
three-stage adiabatic methanation reactor for the base case (1, = 200 kg-s-mol™).

The profile of methane production rates (F;y,, dashed lines) clearly illustrates the cumulative nature of the
methanation process across the three stages. In the first stage, F; ,, rises to approximately 0.4 kg/s at the end
of the first 4 m of the reactor, coinciding with the abrupt jump in AX., observed in that same section, confirming
that most of the methane production in this stage occurs in a narrow axial zone where the kinetics are more
favourable. Inthe second stage, cumulative production continues to increase, reaching around 0.8 kg/s at 7.5
m, with an intermediate rate of increase. Itis in the third stage that the most significant absolute increase in
Fy, is recorded, rising from ~0.8 kg/s to ~1.4 kg/s in the final 4.5 m of the reactor, largely due to the greater

available length and the conversion of residual CO fractions that did not react in the previous stages [59].

Figure 3 shows the axial temperature profiles in the three-stage adiabatic fixed-bed methanation system for
four values of the modified spatial time ¢, , ranging from 100 to 250 kg-s-mol™. In all cases, the thermal profile



of each stage exhibits an initial low-slope zone where the reaction barely begins due to kinetic limitations at
the feed temperature (~340°C), followed by a region of steep rise as the temperature increases and
accelerates the reaction rate, and a final asymptotic zone where the approach to thermodynamic equilibrium
progressively attenuates heat generation. This behaviour can be examined in more detail at [60]. Figure 3a
(ty = 100 kg-s-mol™) records the highest maximum temperature in the series, T,,,, = 540.9°C, over a total
length of 6.09 m. At high space velocities, the reactant flow rate is high per unit mass of catalyst, and the
reaction releases heat within a very narrow axial zone, generating a sharp hotspot that approaches the thermal
tolerance limit of Ni catalysts. As the 1, increases to 150 kg-s-mol™ (Figure 3b), T,,,, drops to 478.6°C, as
the lower kinetic load spreads the heat release over a greater reactor length (9.14 m), flattening the profile and
reducing the temperature gradient. It is significant that for 7, = 200 and 250 kg-s-mol™ (Figure 3c and

3d), Ty, stabilises at 492.9 °C despite the additional increase in reactor length.
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Figure 3. Axial temperature profiles in the three-stage adiabatic methanation reactor for four spatial steps
(tw = 100, 150, 200 and 250 kg-s-mol™).

Figure 4 shows the hot and cold composite curves from the pinch analysis for the three-stage methanation
system, evaluated at four spatial time values t,, ranging from 100 to 250 kg-s:mol™, with a minimum approach
temperature difference AT,,, = 20 K. In all the panels, the hot composite curve, which combines the enthalpy
contents of the reactor effluents and the high-temperature process gases, starts at a maximum temperature
that decreases from ~560°C in Figure 4a to ~490°C in Figure 4c and 4d, in direct correlation with the reduction
in T, a@s rising 7, [61]. The cold composite curve shows a steep section between ~300 and ~340°C,
corresponding to the heat demand for vaporisation, whilst the gently sloping section below ~200°C reflects the
preheating of liquid and gaseous streams with a higher accumulated heat capacity. The pinch point is at Q =
18-20 MW and ~320-340°C in all panels, which constitutes the structural constraint of the heat exchange
network. His position implies that no improvement in 7,, can significantly shift it. The overlap between the two
curves in the interval 0 < Q < Q,nc, defines the maximum internally achievable heat recovery for each
operating condition, without the need for external heat sources in that enthalpy region.



a = -1 b = -1
Tw =100.0 kg s - mol Tw=150.0 kg s mol
600 w 9 600 w ]
—s— Hot composite —a— Hot composite

500
3 \
Tomir = 20 K 5 T rnin = 20 K

¥ ¥

C!

= a
S 2
3 3

Temperature [°C]

@

8

8
Temperature [‘

@

8

3

3
3

100 100

10 40 10 40

20 30 20 30
Heat duty Q [MW] Heat duty Q [MW]

T =200.0 kg - s - mol~1 d Ty =250.0 kg s - mol~1
—=— Hot composite —— Hot composite
== Cold composite === Cold composite

500 500
400 \ o 400 \
Tnin = 20 K E] i 20K

o & W=

Temperature [°C]
@
8

x
3
8
Temperature [°C]
@
8
8

o o
10 20 30 40 o] 10
Heat duty Q [MW]

20 30 40
Heat duty Q [MW]

Figure 4. Hot and cold composite thermal integration curves from the pinch analysis for the system at four
values of Ty.

Figure 5 shows the grand composite curves (GCCs) for the methanation system at the four studied values
of 7, represented as temperature versus the net heat available at each temperature level following the
maximum internal recovery imposed by AT,,;, = 20 K. The morphology of the GCC makes it possible to
determine directly, at each temperature level, how much energy can be transferred to external systems without
violating the second law. Above the pinch, the four curves show a net heat flux that increases with temperature,
reaching ~17.6 MW (7, = 100 kg-s:mol™) to ~20 MW (z,, = 250 kg-s-mol™) at their respective maximum
temperatures (~550°C and ~490°C), consistent with the higher total exothermic production of methane at
higher spatial times. The point where the curves intersect with the horizontal reference lines for steam
generation, plotted at the vapour saturation temperatures at 10 bar (~180°C), 40 bar (~250°C) and 100 bar
(~311°C), defines the temperature thresholds at which it is thermodynamically feasible to generate steam at
each pressure level using recovered process heat.

i
—— tau =100 kg.s/mol

tau =150 kg.s/mol
500 tau = 200 kg.s/mol (base)
—— tau =250 kg.s/mol

Steam 100 bar

IS
o
)

©
o}
o

Steam 40 bar

Temperature [°C]

\ Steam 10 bar

100 \

00 25 50 75 100 125 150 175 20.0
Net heat available [MW]

N
o}
o

Figure 5. Net composite thermal integration curves of the methanation system for ty, = 100-250 kg-s-mol™,
showing the steam generation temperature levels at 10, 40 and 100 bar.

5. Conclusions

A one-dimensional pseudo-homogeneous plug flow model has been developed for a fixed-bed methanation
reactor comprising three adiabatic stages in series, coupled with validated reaction kinetics and an integrated
steam generation module incorporating pinch analysis (AT,,;,, = 20 K), to characterise the process under
varying catalystload. The modified space-time t,, proves to be the design variable with the greatest impact
on the system; when the flow rate is increased from 100 to 250 kg-s-mol~ Hz, CO conversion rises from 83.1%
to 93.1%, whilst the maximum reactor temperature drops from 541°C to a stable plateau of 493°C,
redistributing the axial heat release from an acute, concentrated hotspot towards a spatially extended profile
that is more favourable for thermal integration. The third stage of the reactor accounts for over 60% of the total
reaction enthalpy and determines the steam generation capacity (~6.4 MW at 100 bar, 2.56 kg/s), whilst pinch
analysis reveals that the cooling demand structurally exceeds the exothermic output of methanation, imposing
a net heat import that limits thermal efficiency regardless of the operating point. These results point to t,, =
200 kg-s'mol™ as a condition for balanced operation among conversion, catalyst thermal integrity and energy



integration, and identify dynamic operation under variable renewable input profiles as the key remaining
challenge for the grid-scale deployment of syngas-based thermochemical storage systems.
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Nomenclature
A, Heat transfer area of exchanger k, m? Ky,o Adsorption equilibrium constant of H,O, —
A,  Reactor cross-sectional area, m? k;  Temperature rate constant, mol kg™'cat s™" bar™
Cy, Molar concentration, mol m™ k; o, Pre-exponential factor, mol kg™'cat s™ bar™
Cytor Total extensive heat capacity, W K™ LMT D, Log-mean temperature difference k, K
¢,i; Molar heat capacity, J mol™ K™ Meoqm Mass flow rate of generated steam, kg s™
¢y Specific heat capacity of water, J kg™ K™* P  Total pressure, Pa
D, y, Effective diffusivity of H;, m? 8™ P, Partial pressure of species i, bar
DEN Adsorption denominator, — Pyoam Steam generation pressure, bar
d, Pellet diameter, m Q, Heat duty of exchanger k, W
E,; Activation energy, J mol™ R Universal gas constant, J mol™ K™
F;  Molar flow rate, mol s™ r;  Reaction rate, mol kg™'cat s™
E,. Total molar flow rate, mol s™ s,  Feed spilit fraction, —
AG?; Gibbs energy, J mol™ T  Gas temperature, K
AH;; Enthalpy at 298 K, J mol™ Tzeyw DBoiler feed water temperature, K
AH, ;(T) Reaction enthalpy, J mol™ Tax Maximum bed temperature, °C
Ah,q, Latent heat, J kg™ T, Saturation temperature, K
K., Adsorption constant CO, bar™ Tiarge: Target outlet temperature, K
K.y, Adsorption constant CH,, bar™ AT,,, Approach temperature, K
K., ; Equilibrium constant, — AT,;, Minimum approach, K
Ky~ Adsorption constant H,, bar™ U Heat transfer coefficient, W m™= K™
u Superficial velocity, m s™ W  Catalyst mass, kgcat
Greek symbols

¢, Bed void fraction, —
u, Gas viscosity, Pa s
v;; Stoichiometric coefficient, — & Axial position, —

Subscripts and superscripts

p, Bulk density, kg m™ ¢ Thiele modulus, —
p, Gas density, kg m™ 1, Spatial time, kgcat s mol™

0 Inlet condition g Gas phase r  Reactor
app Approach i Speciesindex sat Saturation
b Bulk j Reaction index steam Steam
BFW Boiler feed water k Stage index tot Total
cat Catalyst L Liquid vap Vaporisation

e Effective max Maximum
eq Equilibrium min Minimum
Annex

W Weight-based
° Standard state

Table A1. Kinetic constants of the methanation model [51]

K1,0 4.225%10"

mol kg™ s7" bar=°

Ea,1 2401

kdJ mol™




Kz,0 1.020x10" mol kg™ s™" bar™

Ea,3 67.13 kJ mol™
K _CO,0 8.23x107°° bar™
AHads,CO -70.65 kJ mol™
K _H,,0 6.12x107° bar™
AHads,H, -82.90 kJ mol™
K_CH,,0 6.65x107* bar™
AHads,CH, -38.28 kJ mol™
K H,0,0 1.77x10° adim.
AHads,H,O +88.68 kJ mol™
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